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Gas transfer experiments in bubbly flow are conducted inside a deep bubble column/
airlift reactor containing air and water with a maximum aerated water height of
23.4 m and diameter of 1.06 m. The effects of geometry and operating conditions on
mixing and gas transfer are determined. Fluorescence measurements are used to esti-
mate dispersion coefficients for several operating conditions, while bubble-water gas
transfer measurements are made using dissolved oxygen (DO) probes. A two-phase
convection-dispersion model is fit to the DO measurements using the liquid film coeffi-
cient (kL) as a fitting parameter. Sparger differences had a substantial effect upon kL,
and the gas transfer coefficient for the airlift reactor was four times that of the bubble
column. Results are characterized using Sherwood, Reynolds, and Bond numbers. A
low Reynolds number exponent was found, indicating that kL in a deep column tends
toward a constant and is not highly dependent upon air discharge. � 2008 American
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Introduction

Bubble columns and airlift reactors up to 40 m in height
and 10 m in diameter are used in industry for the catalytic
conversion of hydrocarbons, coal liquefaction, or the synthe-
sis of hydrocarbons from carbon monoxide and hydrogen,
absorption processes, extraction, fermentation, among others.
In these reactors, there are three types of gas–liquid flows
that occur: (1) bubbly flow, where individual bubbles rise
with or against the flowing liquid; (2) slug flow, where a bul-
let shaped Taylor bubble rises at high velocity while shed-
ding smaller bubbles; and (3) annular flow, where a liquid
film rises along the wall with a gas core. Depending upon
the goals and operating conditions of the reactor, industrial

columns may operate in any of the three operating regimes
or in the transitions between these regimes.

There is one important application that operates exclu-
sively in the bubbly flow regime. That would be the use of
an airlift reactor to add oxygen to the bottom of a lake or
reservoir that replenishes the low levels of dissolved oxygen
(DO) that occur in the hypolimnion.1 An airlift reactor used
in lakes and reservoirs (hypolimnetic reactor) consists of a
riser that takes in unaerated water through the middle of the
device and an outer shell, where the newly aerated water is
returned to the bottom of the water body. The environmental
benefits of aeration and oxygenation systems include prevent-
ing algal blooms, promoting the survival of aerobic bacteria,
decreased carbon dioxide concentrations, odor prevention
through the oxidation of hydrogen sulfide, and improved liv-
ing conditions for fish and other aquatic life.

The popularity of bubble columns, especially in chemical
engineering applications, is associated with their easy
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construction, lack of moving parts, and inexpensive mainte-
nance. Airlift reactors have recently been adopted because
they also allow higher circulation rates, where the liquid flow
can be more easily controlled than in the traditional bubble
column. Airlift reactors differ in that the rising fluid (con-
tained in the riser) is separated from the sinking fluid (con-
tained in the downcomer). A headspace exists near the top,
where the riser and downcomer join to allow the gas to
escape.

Because of the various applications of airlift reactors and
bubble columns, studies have been performed in an attempt
to link the geometry and operating conditions of the column
to the efficiency of gas transfer. The main hydrodynamic
characterization parameters are the gas void ratio, mean bub-
ble diameter, mixing, the volumetric gas transfer rate, and
the liquid circulation velocity (airlift reactors). The geometry
of a reactor is described by the height and width of the col-
umn, while the operating conditions that most affect the
hydrodynamics are the gas and liquid flow rates. The type of
media present inside the reactor and the sparger used to
introduce gas into the media are also important considera-
tions.

The focus of the current study will concern the effects of
changing the geometry and operating conditions of a full
scale airlift reactor operating in the bubbly flow regime on
the liquid film coefficient. The greater height of the column
used will provide less concern for scaling errors. The govern-
ing one-dimensional (1D) relation in the column is given as:

ð1 � /Þ @C
@t

þ ul

@C

@z
¼ ð1 � /ÞDL

@2C

@z2
þ kLaðC� � CÞ; (1)

where C is constituent concentration in the liquid, / is void
fraction (volume of bubbles/total volume), ul is the superfi-
cial liquid velocity (liquid discharge per cross-sectional
area), a is the specific interfacial area of the bubbles, C� is
the liquid concentration in equilibrium with the bubbles, t is
time, and z is vertical distance from the bottom of the col-
umn. The results from previous experiments in the same
column2 show that void fraction is small relative to the total
volume of the reactor. Void fraction was therefore neglected
in solutions of Eq. 1. Estimates of the longitudinal dispersion
coefficient, DL are made from curve fits of Eq. 1 to nonvola-
tile tracer concentration measurements with kL 5 0. Esti-
mates of the liquid film coefficient are then made from a
curve-fit of the DO measurements. All operating conditions,
excluding media type and column diameter, will be tested.
Prior measurements of void fraction and bubble diameter
allow calculations of interfacial surface area of the bubbles
to be incorporated into estimates of the liquid film coefficient
and dispersion coefficient from concentration measurements
over time and distance. The results will give an indication of
the accuracy of previous experiments in smaller columns
concerning trends in the liquid film coefficient with geome-
try, sparger type, and gas flow rate.

Previous Work

Several studies have been performed to estimate the gas
transfer coefficient, kLa, in small airlift reactors and bubble
columns. The most common method is a disturbed equilib-

rium technique, where equilibrium of one dissolved gas com-
pound is disturbed and the rate at which dynamic equilibrium
(steady state) is approached is related to the gas transfer
coefficient which is fit to the resulting compound profiles as
they approach steady state.

It has been found that dissolved gas concentrations
increase rapidly with measurement height above the column
bottom in a region just above the sparger, while beyond this
region the rate of concentration increase slows.3 Some stud-
ies have also shown that an increase in total unaerated
height, or diffuser depth, will increase gas transfer rates at
lower depths in the column due to an increase in hydrostatic
pressure.4–6 Unaerated height in this context refers to the
total height of the water column while the aerator is off,
while the aerated height will refer to the total water column
height during aeration. It is uncertain whether industrial scale
columns need a more complex model for kLa that includes
height variations. These models do require a complete mass
balance on the bubbles and the water in the column.7 The ge-
ometry of the column also affects the ratio of gas transfer
that occurs from the bubbles and the amount that is due to
the turbulence at the free surface of the tank. It was found
that in a 3.4 m2 rectangular tank with a depth of 1.1 m about
one-third of oxygen absorption occurs at the surface.8

Higher kLa values occur at higher gas flow rates.3–5,9–16

Many of these studies have shown the relationship to be
almost linear, although Alvarez-Cuenca et al.3 found this to
be true only for a limited range of gas velocities. Wongsu-
choto et al.16 also determined kL and a individually and
found that kL does not change with superficial gas velocity
(ug), while a does change.

It has been found that kLa increases with an increase in
the number of pores or a decrease in the size of the sparger
pores.4,6,12 Ohkawa et al.17 found the opposite trend to be
true in terms of pore size, while Wongsuchoto et al.16 found
pore number to have a negligible effect. In contrast, Bovon-
sombut et al.10 found that kLa increases up to superficial gas
velocities of 0.0042 m/s, and decreases at higher gas veloc-
ities.

As seen from the above studies, there seems to be mixed
results on what effects operating conditions and column ge-
ometry have on gas transfer rates in bubble columns and air-
lift reactors. The tallest column of these studies is 10.6 m in
height,18 while most are 1–2 m. The scale of commercial/
field columns is up to a height of 40 m, which presents
scale-up concerns with these experimental studies. The maxi-
mum column height of 23.4 m in the current study is
designed to address some of these issues for the bubbly flow
regime. The effects of total column height, sparger type, and
column type on mixing and gas transfer will be tested in a
field-scale column. Bubble surface area has been determined
for these experiments,2 allowing the liquid film coefficient to
be determined under various operating conditions.

Experimental

A schematic of the reactor used in the experiments is
shown in Figure 1. The shorter arrows in the figure represent
the flow of water during operation of the airlift reactors.
Water flows up the main column from which it exits through
one of three downcomers, depending on the airlift reactor

AIChE Journal April 2008 Vol. 54, No. 4 Published on behalf of the AIChE DOI 10.1002/aic 851



size desired. It then flows down the downcomer pipe and
through a pump, after which it reenters the riser below the
sparger. During operation of the bubble column, the valves
to the downcomers are closed so that there is no water recir-
culation, while the setup remains a batch system.

Three spargers are tested: a soaker hose (Figure 2a), perfo-
rated plate, and coarse bubble diffuser (Figure 2b). The
soaker hose has the smallest and the greatest number of
pores, while the coarse bubble diffuser has the fewest and
largest pores. Flourescein dye was used as a conservative
tracer inside the column to quantify the dispersion coeffi-
cient. The tracer was injected either at the top or bottom of
the column, depending on the total unaerated height. When
the height was set at 6.6 or 10.6 m, 5–10 mL of tracer was
injected at the bottom of the column through a small tap; for
experiments at 23.4 m, during which the hydrostatic pressure
at the bottom of the column was much greater, the tracer
was injected at the top of the downcomer. The residence
time of the downcomer, however, was only on the order of
3–11 s, depending on the total height of the column. Superfi-
cial liquid velocity was held constant at 0.02 m/s. Continuous
measurements of the fluorescence in the water were taken
using the flow-through module of a Turner Designs10-AU
fluorometer. The water was sampled at a height of 2.10 m
and returned to the same liquid cross-section while taking
into account the liquid flow rate, which corresponded to a
height of 0.36 m above the sampling height. Bubbles were
prevented from coming into the fluorometer by attaching an
inverted cone to the end of the sampling tube. The resulting
profiles were fit to a mass transport model to determine the
dispersion coefficients for the airlift reactor and the bubble
column, respectively.

The method used to estimate gas transfer rates involves
initially stripping the oxygen out of the water and then reox-
ygenating the column, while taking continuous DO measure-
ments at predetermined heights. Deoxygenation was accom-
plished by adding enough sodium sulfite with cobalt chloride
as a catalyst to the column to bring the DO concentration to

near 0 mg/L. The concentration of oxygen was never brought
down to zero, so that it can be assumed that all of the so-
dium sulfite is consumed in the degassing process. In addi-
tion, the water in the column was replaced frequently to min-
imize any potential residual effects. Tests on the sodium sul-
fite–cobalt chloride dose technique have shown that sodium
sulfite reacts within a few minutes when the catalyst is pres-
ent unless the DO is depleted.19 Two to five YSI Model
5739 DO probes were positioned at different depths in the
column, depending on the total column height. The pump
was run for 45 min at the beginning of each set of experi-
ments to insure well-mixed conditions in terms of tempera-
ture, DO, and dissolved nitrogen (DN). DN concentration
can be determined by subtraction of DO from total dissolved
gases (TDG) measurements. The TDG was measured near
the top of the column using an Alpha Designs Tensionometer
T390TM before the gas was turned on and after it was shut
off. The TDG meter requires up to 15 min to reach steady
state, so it was not helpful during the transient period. After
the first TDG measurement was taken, all DO probes were
calibrated in a 5-gal bucket filled with tap water and satu-
rated with gas using an air pump. The probes were then posi-
tioned at the desired measurement heights in the reactor. Air
was injected into the column at the desired flow rate, and
DO concentration profiles were taken until a steady-state DO
concentration was approached.

Model

Dispersion

The goal of the dispersion experiments is to quantify the
axial mixing present in the column for specific geometrical
and operating conditions. Liquid mixing in the column has
been shown to be caused by three processes: convective

Figure 1. Schematic of reactor setup for gas transfer
experiments.

Figure 2. Pictures of a (a) soaker hose sparger and a
(b) coarse bubble diffuser.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]
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recirculation of the liquid phase up the center of the column
and down the sides, turbulent diffusion that occurs in the
wake of the rising bubbles, and molecular diffusion.20 The
1D axial dispersion model places these factors into one dis-
persion coefficient (DL). Equation 1 was used with C being
the tracer concentration and kL 5 0.

For a bubble column, ul 5 0. Then the solution of Eq. 1,
with the boundary conditions @C/@t. 5 0 at z 5 0 and z 5

hr, where hr is the unaerated water height of the column, and
the initial conditions C(z,0) 5 Cin for 0 � z � c and C(z,0)
5 0 for z � c, where c is the thickness of the initial layer of
dye injected into the column, is:21

C ¼ Css 1 þ 2
X1
i¼ 1

cos ip
z

hr

� �
exp � i2p2

h2
r

DLt

� �� � !
: (2)

In this equation, Css is the steady-state tracer concentra-
tion. Each tracer concentration profile for the bubble column
setup was fit to Eq. 2 to determine DL.

The solution of Eq. 1 for an airlift reactor with nonzero ul,
while taking into account the recirculating flow and open end
boundary conditions,22 is:

C ¼ Css

XI
i¼1

Botr
4pt

� �1=2

exp �ðzþ ihr � ultÞ2

4ulhrt
Bo

 !" #
; (3)

where Bo 5 ulhr/DL is the Bodenstein number and tr is the
recirculation time. Each tracer concentration profile from the
airlift reactor experiments was fit to Eq. 4 to determine DL.

Gas transfer

The assumptions that are required in most analytical and
numerical models of gas transfer are (1) that kL and a are
estimated as one parameter and (2) that gas concentrations of
both oxygen and nitrogen in the bubble are constant over
time and space. The latter assumption simplifies the model,
but may not be appropriate for a deep bubble column. The
current model will not require these assumptions, and will
complete the mass balance by considering changes in oxygen
and nitrogen concentration in the bubbles and in the water
column. To model DO concentrations in the water while tak-
ing into account the gas concentrations of oxygen and nitro-
gen in the bubbles, the change in the concentration of DN in
the water needs to be determined or assumed.7,17 The equa-
tions for oxygen and nitrogen used to develop the gas-trans-
fer model use Eq. 1 for each constituent:

ð1 � /Þ @CO

@t
þ ul

@CO

@z
¼ DL

@2CO

@z2
þ kLaðC�

O � COÞ (4)

ð1 � /Þ @CN

@t
þ ul

@CN

@z
¼ DL

@2CN

@z2
þ DN

DO

� �0:5

kLaðC�
N � CNÞ;

(5)

where C is the concentration in the water, C� is the concen-
tration of the water in equilibrium with the gas in the bubble,
a is the bubble surface area per unit volume of liquid–gas
mixture, kL is the liquid film coefficient for oxygen, D is a
diffusion coefficient, and subscripts O and N indicate oxygen
and nitrogen, respectively. The liquid film coefficient for

nitrogen is assumed to be equal to kL times the respective ra-
tio of diffusion coefficient to the 1=2 power.23 A third constit-
uent equation could be added to Eqs. 4 and 5 if desired. In
addition, Eqs. 4 and 5 could be replaced if the respective
constituent does not exist in either the gas or the liquid.

The model used in this study to solve Eqs. 4 and 5 is
based on an explicit computational mass transport scheme.
The column is split into 10, 15, or 35 control volumes,
depending on the total height tested, in which the DO and
DN fluxes and concentrations are estimated for each time
step. The convection and dispersion terms were calculated
for each control volume using upstream and central differen-
ces, respectively. This is due to the fact that convection is
controlled by the upstream control volume, whereas disper-
sion is controlled by both the upstream and downstream con-
trol volumes. The following boundary conditions were used:

1. At z 5 0, DL
@C
@z ¼ 0; y 5 0.266, and Cz 5 0 5 Cz 5 L

2. At z 5 hr, DL
@C
@z ¼ 0, and the free-surface transfer

terms, kLaSðCSO � COÞ and kLNaSðCSN � CNÞ, were added to
Eqs. 4 and 5, respectively.

The variable y represents the molar ratio of oxygen to
nitrogen concentrations in the bubble. The value of the sur-
face transfer coefficient, kLaS, is computed using a relation
developed by Schierholz et al.6 for sparged liquids:

kLaS

kLa
¼ 1:85 kLa

V

Qg

� �0:92

; (6)

where V is the column volume and Qg is the gas flow rate.
At the beginning of each model run, the dispersion number

(Di) and the Courant number (Co) were calculated to insure
stability in the results:

Di ¼ DLDt
Dz2

(7)

Co ¼ UDt
Dz

; (8)

where Dt and Dz are the time interval and chamber length,
respectively, and U is the characteristic gas or liquid velocity in
the system. Courant numbers for both the liquid and the gas
were calculated using the superficial liquid velocity and the bub-
ble rise velocity. The dispersion number must remain below 0.5
and the Courant number below 1 to maintain stability in the
model. Using the values of DL determined in the dispersion
experiments and values of 2.0 s and 0.7 m for Dt and Dz,
respectively, Di ranged from 0.12 to 0.37. Using the same val-
ues for Dt and Dz, the Courant number for the liquid was 0.06
and for the gas 0.77. All values were within the stability range.

To close the mass balance for oxygen and nitrogen, the ver-
tical profile of y is computed. This was done using an equation
developed by McWhirter and Hutter5 and adapted by DeMoyer
et al.7 to incorporate the transfer of nitrogen gas into and out
of the bubbles. The expressions for the concentration of oxy-
gen and nitrogen in the bubble, are, respectively:

Vb

dCOb

dt
¼ �kLO Ab C�

O � CO

� �
(9)

Vb

dCNb

dt
¼ �kLNAb C�

N � CN

� �
: (10)
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The expansion of dy/dz is:

dy

dz
¼ 1

CNb

@COb

@z
� COb

C2
Nb

@CNb

@z

� �
: (11)

For most conditions, the gas concentration change over
time is small relative to the change over depth, therefore @C/
@t ? 0 and:

dC

dt
¼ @C

@z
� Ur: (12)

Equation 11 can then be rewritten using Eqs. 9, 10, and 12
as:

dy

dz
¼ � kLOAb

VbUr

1

CNb

C�
O � CO

� �
� kLNAb

VbUr

COb

C2
Nb

C�
N � CN

� �� �
:

(13)

The gas concentration in the bubble can be related to the
liquid gas concentration using Henry’s Law:

Cb ¼ H � C�; (14)

and VbUr can be expressed as measureable quantities using
the definition of residence time (tr):

tr ¼
h

Ur

¼ Vb

Qg

: (15)

Substituting Eqs. 14 and 15 into Eq. 13 and using the
assumption that the liquid film coefficient for nitrogen is
equal that of oxygen times the respective ratio of diffusion
coefficient to the 1=2 power,23 a final expression for dy/dz can
be formed:

dy

dz
¼�kLa

Ar

Qg

3
1

HNC�
N

C�
O�CO

� �
� DN

DO

� �1=2 HOC
�
O

HNC�
N

� �2
C�

N�CN

� � !
; ð16Þ

where Ar is the cross-sectional area of the reactor. Equa-
tion 16 disaggregates temporal from spatial variations in
molar ratio because temporal, relative to spatial, variations
are small. The variables C�

O and C�
N for each chamber are

calculated using the following equations:7

C�
O ¼ CSO

Patm � Pvapor þ ðqlgðhr � zÞÞ
Patms � Pvapor

y=ð1 þ yÞ
0:21

� �
(17)

C�
N ¼ CSN

Patm � Pvapor þ ðqlgðhr � zÞÞ
Patms � Pvapor

1=ð1 þ yÞ
0:79

� �
; (18)

where CSO and CSN are the saturation concentrations of oxy-
gen and nitrogen in the liquid at water temperature and
atmospheric pressure, respectively, Patm is local atmospheric
pressure, Patms is atmospheric pressure at standard conditions,
Pvapor is the vapor pressure, and ql is the liquid density. At z
5 0, y 5 0.266 is known, and Eqs. 17 and 18 can be com-
puted along with Eqs. 4 and 5, by ignoring convection and
dispersion in the first time step (5 s). In Eqs. 4 and 5, an ini-

tial nitrogen concentration was determined by subtracting the
initial DO concentration in the water from the TDG measure-
ment taken before the start of each experiment. A value for
kL is also chosen. The DO and DN concentrations can then
be computed in the first chamber during the first time step
using the initial DO and DN concentrations in the water and
@CO/@t and @CN/@t from Eqs. 4 and 5. The newly calculated
DO and DN concentrations are used to determine a new dy/
dz. A fourth-order Runge–Kutta Method was then used to
determine y in the second chamber from dy/dz just calculated
in the first chamber. It was found that two iterations of these
computations were required before y converged on a single
value. The value of y is then used to calculate C�

O and C�
N in

the second chamber, which are then used to calculate @CO/@t
and @CN/@t and estimates of DO and DN concentrations in
the next time step. The gradient dy/dz is computed for the
second chamber, and the process is repeated for the third
chamber up to the top chamber. For the next time step, DO
and DN concentrations in each chamber are computed using
the values of @CO/@t and @CN/@t from the previous time step
for each corresponding chamber. The process described
above is repeated for all chambers and for all time steps.

The model is set up so that gas transfer does not occur (kL

5 0) in a chamber until the bubbles reach that chamber. The
bubbles are assumed to have a maximum rise velocity of
0.27 m/s, which is the velocity of the liquid (;0.02 m/s)
added to the approximate slip velocity of the bubbles (;0.25
m/s). As the bubbles rise, kL is set to a nonzero value for the
corresponding chambers. A single value of kL is chosen for
the column so as to minimize the root mean square value of
the difference between the data and model calculations at
each DO measurement height.

Results and Discussion

Dispersion

Figure 3 provides typical tracer measurements obtained
without gas flow, along with the curve fits to Eq. 3. It can be
seen that the first peak is not fit well, but after this initial
peak the fit improves. When fitting the tracer concentration
data to Eqs. 2 or 3, it was difficult to predict the initial peak,
which is likely due to the time it takes for the peak to de-
velop and the tracer to become cross-sectionally well-mixed.

Figure 4 provides the variation with superficial gas veloc-
ity of the dispersion and diffusion coefficients for the airlift
reactor and bubble column, respectively, under various col-
umn heights. Also shown are curve-fits of these results used
to represent longitudinal dispersion in the computational
model. As other studies have shown,5,11,21,24 the dispersion
coefficient increases with superficial gas velocity to a power
less than 1. Figure 4 also indicates that mixing increases as
the total unaerated height of the airlift reactor increases. This
is contrary to the findings of Fields and Slater25 and Gavri-
lescu and Tudose26 for smaller reactors. The amount of mix-
ing induced throughout the reactor by the coarse bubble dif-
fuser and the perforated plate were similar, while the soaker
hose caused less mixing at superficial gas velocities greater
than 0.004 m/s. It was found that the soaker hose had a more
uniform bubble size than the other spargers,2 and it is
believed that the presence of a few large bubbles produced
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by the perforated plate and coarse bubble diffusers with
larger rise velocities causes an increase in axial dispersion
coefficient.

A comparison is also made between the 23.4-m airlift re-
actor and bubble column. The bubble column experiences
greater mixing at all superficial gas velocities tested, which
is in agreement with the results of Gavrilescu and Tudose.26

A minimum amount of dispersion in the bubble column was
observed at gas velocities near 0.003 m/s, while a maximum
was seen at 0.001 m/s. At low superficial velocities there
may have been a ‘‘bubble cap’’ flow regime set up in the
bubble column, which would have increased longitudinal
mixing, while at higher superficial gas velocities, the bubbles
may be more evenly distributed laterally, reducing the longi-
tudinal mixing.

Figure 5 provides the airlift reactor results in dimension-
less form compared to the result from Taylor’s27 relation for

DL in a single-phase, turbulent pipe flow, DL/(u�Dc) 5 5.05,
where Dc is the column diameter and u� is the shear velocity
near the walls. The value of u� is estimated using the Darcy–
Weisbach friction factor, f 5 0.027, corresponding to a ul of
0.02 m/s and a wall roughness between hydraulically smooth
and 1 mm. This wall friction approximation should also be
valid for the two-phase flow cases in the present study
because of the low void ratios used. It can be seen that
the single-phase results correspond with the predictions of
Taylor.

Liquid film coefficient (kL)

The total column height and operating conditions tested
for each experiment are given in Table 1. An example set of
profiles is shown in Figure 6 for the bubble column and per-
forated plate operating at an unaerated height of 23.4 m and
a superficial gas velocity of 0.01 m/s. The time lag after the
initial bubbles were released but before gas transfer occurred
at each height varied with dispersion coefficient and superfi-
cial gas velocity and was well-simulated in the computational
model. It can also be seen that the steady-state oxygen con-
centration decreases from deeper to shallower depths.

The DO concentrations measured near steady-state are pro-
vided in Figure 7 at each measurement height and superficial
gas velocity. Measurements of DO were taken between 15
and 20 min after the gas was turned on. The various line
types represent the different superficial gas velocities tested,
while the solid line serves as a guide of the equilibrium con-
centration of oxygen with air bubbles at depth. At low depths
in the column, the DO concentration is below equilibrium,
suggesting a positive gas transfer rate from the bubbles into
the water. This oxygen deficiency is more extreme at lower
superficial gas velocities, where there is less mixing. Near
the upper portion of the column, DO concentrations are
above equilibrium, especially for the higher gas flow rates.
This effect is more clearly seen when using the 23.4-m airlift
reactor (Figures 7a–c). The recirculating liquid brings the
higher concentrations from near the bottom of the column up

Figure 3. Example dye concentration profile (dotted
line) and best fit according to Eq. 4 (solid
line) for no gas flow in the airlift reactor
using a perforated plate and a total unaer-
ated height of 23.4 m.

Figure 4. Dispersion coefficients for all sets of operat-
ing conditions.

The bubble column cross-sectional mean velocity is zero,
thus turbulent diffusion coefficients are given.

Figure 5. Comparison of dispersion results with Tay-
lor’s equation for dispersion in a fully devel-
oped turbulent flow with a logarithmic veloc-
ity profile.
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closer to the top. The effect is not as clear in the shorter air-
lift reactors (Figures 7d, e) due to a smaller difference
between bottom and top concentrations, and in bubble col-
umns (Figure 7f) where there is no recirculation velocity.
This suggests a negative gas transfer rate from the water into
the bubbles. Near the top of the column in some instances
(Figures 7a, b, e, and f) the DO concentration is higher for
the lowest superficial gas velocity than during experiments
when the gas flow rate was increased. This may be due to a
loss of gas from the liquid to the air at the water surface
where increased gas flow rates will cause greater amounts of
turbulence and mixing with the air. The net area between

each curve and the solid line should be close to zero at
steady-state, because there would be no overall net transfer
of oxygen between the water and the bubbles, with the fol-
lowing caveats: (1) If the kLa values are larger at the top
than at the bottom of the column, the area between the
curves would be smaller at the top of the column, (2) The
bubble-water oxygen transfer coefficient is 6% larger than
that for nitrogen gas, which would cause a slight horizontal
sag in the equilibrium line, and (3) the temperature is vari-
able between experiments, although not substantially, which
would cause the equilibrium line to shift horizontally. The
mean temperature of the experiments in each figure was used
to compute the solid line. The measured profiles of DO in
Figure 7 indicate that these caveats had a significant effect,
because the net area is weighted toward the bottom of the
column. The likely reason is that specific surface area is
larger at the top than at the bottom of the column. In addi-
tion, the low gas transfer relative to longitudinal mixing in
the column is apparent at low superficial gas velocities in
Figure 7 where the DO profiles approach vertical.

Profiles of y at different depths were also computed under
the operating conditions of the experiments and plotted in
Figure 8 to determine whether it is necessary to close
the mass balance on oxygen and nitrogen concentrations in
the bubble. It can be seen that at times under 20 min for the
bubble column (or a bottom constituent concentration of less
than 75% of C�), the change in y with height is substantial.
In a bubble column or airlift reactor of any height that will
be operated in an unsteady mode, it is necessary to be able
to predict the variation of y with height during this initial pe-
riod. This result also suggests that the variation of y with
height may be substantial if a reactor is operated in steady
state with an inflow concentration less than 75% of its local
equilibrium.

Table 1. Designation (Column 1) and Description of DO Experiments Performed in the Current Study Including Total
Column Height, Superficial Liquid Velocity, Sparger Type Used, Superficial Gas Velocity, Water Temperature,

and Kinematic Viscosity

Exp. Column Height (m) ul (m/s) Sparger Type ug 3 103 (m/s) at STP T(8C) m 3 106 (m2/s)

P1 23.4 0.02 Plate 1.0 20.6 0.989
P2 ’’ ’’ ’’ 3.1 16.9 1.087
P3 ’’ ’’ ’’ 5.3 19.7 1.010
P4 ’’ ’’ ’’ 10.4 15.2 1.213
S1 ’’ ’’ Soaker 0.6 19.5 1.016
S2 ’’ ’’ ’’ 1.2 18.5 1.043
S3 ’’ ’’ ’’ 3.8 15.7 1.120
S4 ’’ ’’ ’’ 8.0 15.8 1.117
C1 ’’ ’’ Coarse 1.0 21.5 0.968
C2 ’’ ’’ ’’ 3.0 20.0 1.002
C3 ’’ ’’ ’’ 4.9 14.8 1.146
C4 ’’ ’’ ’’ 9.9 16.6 0.986
P5 ’’ 0 Plate 1.0 18.0 1.057
P6 ’’ ’’ ’’ 3.1 13.0 1.206
P7 ’’ ’’ ’’ 5.0 13.5 1.189
P8 ’’ ’’ ’’ 9.9 18.2 1.051
P9 10.6 0.02 ’’ 0.8 22.0 0.957
P10 ’’ ’’ ’’ 2.5 22.3 0.950
P11 ’’ ’’ ’’ 4.2 22.3 0.950
P12 ’’ ’’ ’’ 6.0 22.4 0.948
P13 ’’ ’’ ’’ 11.0 22.6 0.944
P14 6.6 ’’ ’’ 0.7 30.1 0.798
P15 ’’ ’’ ’’ 2.3 29.3 0.811
P16 ’’ ’’ ’’ 3.8 29.3 0.811
P17 ’’ ’’ ’’ 5.3 31.4 0.778
P18 ’’ ’’ ’’ 9.7 29.3 0.811

Figure 6. DO concentration profiles taken at various
measurement heights in the 23.4-m airlift
reactor using the perforate plate as a
sparger at ug 5 0.01 m/s.
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To determine the fitted kL, the volumetric interfacial sur-
face area of the bubbles (a) was calculated using the equa-
tion for spherical bubbles:28

a ¼
6/g

db

(19)

where db is the Sauter mean bubble diameter. Estimates of
void ratio and bubble diameter were made in a previous
study2 through measurements of pressure differences between
specific column heights and a submersible camera and strobe

light attached to a vertical trolley, respectively. Calculations
assuming ellipsoidal bubbles29 were found to increase
the surface area by 4.9%. This is believed to be small com-
pared to the experimental uncertainties that exist with these
techniques, and, therefore, all calculations assumed spherical
bubbles.

The computational model of Eqs. 4 and 5 was then used
to fit kL, assuming kL is constant with height. A typical
example of the model fit (solid line) to the data is given in
Figure 9. The model was fit by choosing a kL that minimizes
the error between the data and the model at specific points.

Figure 7. DO measurements for various superficial gas velocities throughout the height of the column compared
to the line of saturation (solid line).

Six operating conditions are shown (column type/total unaerated height/sparger): (a) airlift reactor/23.4 m/plate, (b) airlift reactor/23.4 m/
soaker hose, (c) airlift reactor/23.4 m/coarse, (d) BC/23.4 m/plate, (e) airlift reactor/10.6 m/plate, and (f) airlift reactor/6.6 m/plate.
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These points are represented as open circles on the data plot
of Figure 9. They were chosen every 20 s after the initial
increase in DO concentration in order to emphasize the
results of the unsteady period, for a total of 300 s, and every
100 s afterward. The final results are given in Table 2. Val-
ues of kL were lower than those found by Wongsuchoto
et al.,16 where kL was estimated to be 4.1 3 1024 m/s for all
operating conditions in a 1.2-m tall airlift reactor. The values
of kL do compare well with the values found by Kataoka
et al.30 for a 9-m tall bubble column and are also within the
ranges predicted by equations developed by Calderbank and
Moo-Young31 and Akita and Yoshida32 for superficial gas
velocities in the bubbly regime, but higher than those found
here.

It can be seen in Table 2 that kL is highest for the airlift
reactor using the perforated plate and lowest for the airlift
reactor with the coarse bubble diffuser and the bubble col-
umn with the perforated plate, which is consistent with
other studies.9,11,13,14 Considering the ratio kL/db as the
essential component of a gas transfer coefficient (kLa) and
multiplying by Sc1/2, where Sc 5 m/D is a Schmidt number,
to bring kLa values to a reference temperature,23 results in
the final column in Table 2. The perforated plate sparger
can be seen to provide the most effective gas transfer rate
and the coarse bubble sparger the least effective gas transfer
rate. Comparing the median of P1 through P4 with the me-
dian of P5 through P8 in Table 2 indicates that the airlift
reactor is approximately four times more effective at gas
transfer than the bubble column, under otherwise similar
operating conditions.

The data of Table 2 were fit to a number of predictive
equations, including the theoretical equation of Azbel28 and
an empirical equation for large drops in unstirred solution33

to predict kL. The data from the course bubble sparger and
soaker hose were given twice the weight of the perforated
plate data in the regression, because there were more of the
perforated plate data and it was undesirable to have this
sparger type dominate the regression. The Reynolds number
dependence in the experimental data was over-predicted by

both equations. The following relationship was most success-
ful in representing the experimental data:

Sh ¼ 7:6Sc1=2 Re1=6 Bn�1=4 (20)

where Sh 5 kLdb/D is a Sherwood number, Bn 5 qlgdb
2/r is

a Bond number, and Re 5 ugdb/(mPgi/Patm) is a Reynolds
number. The term Pgi/Patm is included in the Reynolds num-
ber to adjust the superficial gas velocity to sparger depth,
where Pgi is the pressure at gas injection m is the liquid kine-
matic viscosity, r is interfacial surface tension, and g is the
acceleration of gravity. The exponent on the Schmidt number
was assumed, because the parameters were not varied suffi-
ciently to perform a curve fit, and the Sc1/2 relation is gener-
ally used for bubbles with a diameter greater than 0.5 mm.16

The fit of the data is shown in Figure 10, where both axes
are divided by a Peclet number, Pe 5 ugdb/D, to spread the
data, resulting in a Stanton number, St 5 kL/ug.

The Reynolds number is indicative of a turbulence effect
upon the liquid film coefficient, and the Bond number is
the ratio of buoyancy forces on the bubble and surface ten-
sion forces. In these experiments, the Bond number serves
to reveal the liquid film coefficient dependence on bubble
diameter because the variation in surface tension was rela-
tively small. The exponent on the Reynolds number in
Eq. 20 is lower than for many expressions representing ex-
perimental data from various arrangements.20 Bubble dy-
namics in a deep airlift reactor and a deep bubble column
seem to stabilize around a given bubble size and rise ve-
locity in this bubbly flow regime.18 An apparent result is
that there is only a minor influence of the superficial gas
velocity on liquid film coefficient. Although the bubble
slip velocity should be important in determining kL, its
variation in these experiments was insufficient to elucidate
dependence.

Figure 8. Computed profiles of y taken at various mea-
surement heights in the 23.4-m bubble col-
umn using the perforated plate as a sparger
at ug 5 0.01 m/s.

Figure 9. Comparison of the DO raw data (circles) with
the best model fit (solid line) for the 10.6-m
airlift reactor using a perforated plate at ug 5
0.01 m/s.

Measurement heights are at 22.0, 15.8, 9.5, and 3.0 m from
top to bottom, respectively.
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Conclusions

Experiments were performed in a deep external airlift re-
actor and bubble column to determine how dispersion and
gas transfer rates are affected in the bubbly flow regime by
the measurement depth, gas flow rate, sparger type, and col-
umn type. A deep column of 23.4 m was chosen so that
errors made due to scale-up to typical field/industrial column
depths are minimized.

It was found that dispersion increases with superficial gas
velocity for the gas velocities tested (0–0.01 m/s), which is
in contrast to the results of Verlaan et al.,34 who concluded
that bubbles have little effect on liquid dispersion, but only

considered superficial gas velocities above 0.014 m/s. Both
the airlift reactor and the bubble column exhibited greater
than a factor of 10 increase in dispersion with superficial gas
velocities between 0.01 and 0.1 m/s. It was also concluded
that an increase in the total unaerated depth of the water will
cause an increase in the total dispersion throughout the
height of the column, while the type of sparger used does
not have a substantial impact. A slight difference was seen in
the dispersion measured using the soaker hose, with a more
uniform distribution of bubble size at higher gas flow rates.

More contrast in mixing can be found when comparing
column types. Maximum mixing occurred in the bubble col-
umn at a superficial gas velocity of 0.001 m/s, and then
decreased to a minimum at 0.003 m/s, after which it
increased at a rate similar to the airlift reactors. This max-
ima–minima pattern vs. superficial gas velocity did not occur
in the airlift reactors. Overall, mixing in the bubble column
was found to be greater than that in the airlift reactors at all
superficial gas velocities tested. This further demonstrates
that giving the column a small circulation velocity, which
decreases the void ratio and bubble diameter, also causes
decreased mixing. This will increase the efficiency of gas
transfer in the reactor.

Gas transfer was quantified through measurements of DO
concentration at several depths under different operating con-
ditions in the airlift reactor and the bubble column. As was
reported by Alvarez-Cuenca et al.,3 much of the gas transfer
was found to occur near the bottom of the reactor. DO pro-
files were fit to an explicit computational model to determine
a liquid film coefficient, kL. It was assumed that kL is con-
stant with measurement height, and therefore, one kL value
was used to represent the entire column for each set of oper-

Table 2. Results for All Sets of Operating Conditions Given in Table 1

Exp. Ur (m/s) db 3 103 (m) DL (m2/s) Pgi/Patm kL 3 103 (m/s) Std. Err./Cf (%) kL/dB 3 SC
1/2 3 103 (/s)

P1 0.25 2.44 0.039 3.26 0.21 2.07 0.43
P2 ’’ ’’ 0.052 ’’ 0.21 3.10 0.39
P3 ’’ ’’ 0.059 ’’ 0.41 3.14 0.70
P4 ’’ ’’ 0.070 ’’ 0.22 2.77 0.38
S1 0.24 2.28 0.040 ’’ 0.15 1.27 0.33
S2 ’’ ’’ 0.044 ’’ 0.13 1.44 0.28
S3 ’’ ’’ 0.052 ’’ 0.16 2.37 0.33
S4 ’’ ’’ 0.059 ’’ 0.29 1.86 0.55
C1 0.23 2.76 0.050 ’’ 0.08 1.24 0.13
C2 ’’ ’’ 0.064 ’’ 0.07 2.55 0.10
C3 ’’ ’’ 0.072 ’’ 0.10 2.21 0.14
C4 ’’ ’’ 0.083 ’’ 0.12 1.63 0.15
P5 0.22 3.84 0.097 ’’ 0.08 2.63 0.07
P6 ’’ ’’ 0.068 ’’ 0.09 2.09 0.10
P7 ’’ ’’ 0.080 ’’ 0.11 2.27 0.11
P8 ’’ ’’ 0.093 ’’ 0.16 1.86 0.14
P9 0.19 2.32 0.033 2.03 0.24 1.20 0.56
P10 ’’ ’’ 0.041 ’’ 0.20 1.35 0.41
P11 ’’ ’’ 0.045 ’’ 0.19 1.40 0.38
P12 ’’ ’’ 0.048 ’’ 0.18 1.31 0.34
P13 ’’ ’’ 0.052 ’’ 0.19 1.15 0.35
P14 ’’ 2.60 0.028 1.64 0.46 0.40 0.94
P15 ’’ ’’ 0.033 ’’ 0.34 0.52 0.65
P16 ’’ ’’ 0.035 ’’ 0.33 0.45 0.61
P17 ’’ ’’ 0.037 ’’ 0.29 0.43 0.51
P18 ’’ ’’ 0.041 ’’ 0.23 0.48 0.39

Values of bubble rise velocity (Ur) were fit to measurements of void ratio,2 and values of dB were measured as described in Giovannettone.2 Pgi/Patm is the pres-
sure at gas injection relative to atmospheric pressure. Std. Err./Cf is the standard error of the curve fit for kL normalized by the final concentration near the water
surface. The final column gives the kLa normalized by the Sauter mean bubble diameter and referenced to a specific temperature.

Figure 10. Measured values of Sh/Pe compared with
those predicted by Eq. 20.
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ating conditions. The value of kL increased as the total unaer-
ated height of the airlift reactor decreased from 23.4 to
6.6 m. This indicates that measurements taken in smaller col-
umns will tend to overestimate the amount of gas transfer if
applied to field/industrial-scale columns. The perforated plate
and soaker hose had the highest kL, whereas the coarse bub-
ble diffuser exhibited the lowest. This result suggests that kL

increases as pore size decreases and pore number increases,
up to a given pore size, which is in agreement with the con-
clusions made using smaller columns.4,6,12 It is interesting to
note that the relative difference in kL between spargers is
greater than the difference in Sauter mean bubble diameter.

Substantial variation in the liquid film coefficient was
found when comparing the bubble column to the airlift reac-
tor. In a direct comparison of the bubble column and airlift
reactor using the perforated plate, the median kL of four
experiments for each was 1.0 3 1024 and 2.6 3 1024 m/s,
respectively. Combined with the larger Sauter mean diameter
of the bubble column, this result indicates that the bubble
column has a gas transfer coefficient, kLa, that is approxi-
mately one-fourth of the airlift reactor, even with the low su-
perficial liquid velocity of 0.02 m/s.

The resulting kL values for each set of operating condi-
tions were characterized by Sherwood, Schmidt, Bond, and
Reynolds numbers. The latter used the superficial gas veloc-
ity at the sparger depth. The exponent on the Reynolds num-
ber was lower than for other studies of liquid film coefficient
in various experimental conditions. Because conditions in the
deep airlift reactor and bubble column, under the operating
conditions tested, stabilized around a given bubble size and
rise velocity, there was only a minor effect of superficial gas
velocity on the liquid film coefficient. The effect of bubble
diameter on the liquid film coefficient was found to be kL ;

db
24/3.
The overall results of this study can be directly applied to

field and industrial-sized columns operating in the bubbly-
flow regime without the need for scale-up. To maximize
mixing, a tall bubble column is recommended, while the type
of sparger used is not important. If higher gas transfer effi-
ciency is desired, an airlift reactor is recommended. Taller
airlift reactors will have a lower kLa than shorter ones.
Finally, a sparger containing many smaller holes, such as a
perforated plate, should be used as opposed to one with
fewer and larger holes, such as a coarse bubble diffuser.
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Notation

a5 interfacial surface area of bubbles, m21

A5 cross-sectional area, m2

Ab5bubble surface area, m2

Bn5Bond number (qgdb
2/rl)

Bo5Bodenstein number (ulhr/DL)
C5 constituent concentration in the liquid, mg/L

C� 5 constituent liquid concentration in equilibrium with the bubbles,
mg/L

Cs5 constituent saturation liquid concentration under standard
atmospheric conditions, mg/L

Co5Courant number (UDt/Dz)
db5Sauter mean bubble diameter, m
D5gas diffusivity, m2/s
Dc5 column diameter, m
Di5Dispersion number (DLDt/Dz

2)
DL5 longitudinal liquid dispersion coefficient, m2/s
f5Darcy–Weisbach friction factor
g5gravitational acceleration, m/s2

h5water height, m
H5Henry’s Law constant, bars mol21 L
kL5 liquid film coefficient, m/s

kLa5gas transfer coefficient, s21

P5pressure, atm
Pe5Peclet number (ugdb/D)
Qg5gas flow rate, m3/s
Re5Reynolds number (ugdb/(mPgi/Latm))
Sc5Schmidt number (m/D)
Sh5Sherwood number (kLdb/D)
t5 time, s
tr5 recirculation time, s
T5 temperature, 8C
u5 superficial velocity, m/s
u� 5 shear velocity near the walls, m/s
U5 characteristic velocity, m/s
Ur5bubble rise velocity relative to ul, m/s
V5 column volume, m3

Vb5 total bubble volume, m3

y5 ratio of oxygen to nitrogen concentrations in the bubbles,
kmolO2 kmolN2

21

z5vertical distance from the column bottom, m

Greek letters

c5 initial dye layer thickness, m
m5 liquid kinematic viscosity, m2/s
q5density, kg/m3

rl5 interfacial gas/liquid surface tension, N/m
/g5gas void ratio (dimensionless)
Dt5 time interval, s
Dz5 chamber height, m

Subscripts

atm5 local atmospheric
atms5 standard atmospheric conditions

b5bubble
d5downcomer
f5final
g5gas

gi5 location of gas injection
i5measurement index

in5 initial condition
l5 liquid

N5nitrogen
O5oxygen
r5 riser
S5 free surface

SN5nitrogen saturation
SO5oxygen saturation
ss5 steady-state

vapor5water vapor

Abbreviations

BC5bubble column
DN5dissolved nitrogen
DO5dissolved oxygen

EALR5 external airlift reactor
LDV5 laser doppler velocimetry
TDG5 total dissolved gases
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